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SEPARATION AND PURIFICATION METHODS, 2 C ( 2 ) ,  115-161 (1991) 

S.O. I-, Ph.D 

Obafemi Awolaklo University, 
Ile-Ife, Oyo State, Nigeria. 

Deparbnent of Qlanical Fngineering, 

1.0 Introduction 
2.0 QstEstimationandcostrarparison 
3.0 the IGeleMnt Libra- 
3.1 Liquid Hyd~ucarbon processing 

3.3 Solid De-watering Pmcesses 

3.4 Carbon Did& Oil Reawry 
3.5 Air Separaticn Prooesses 

4.0 conclusion and EWwe Trend 

3.2 Ges procesShg 

-1- 
ReferencEs 
Nanenclature 

1.0 

?Ihere are many separation methods in use today in the 
chenical inaustriesl. In the last 50 years or there about, the 

c~rmon and dcmhmt separation prooesses have been the 
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116 MOMOH 

umventional prooesses of distillation, liquid-liquid extraction, 
gas absorption, leaching, crystallization, evaporation, e.t.c. 
 his is so because of advantages of using these processes among 
which are the technical )axrw-haw on the design, construction, 
control and operation of these processes. Naturally, 
manufactumrs are usually reluctant to venture into new areas. 
But in recent years, attention is being focussed on newler 

separation processes which are sometimes r e f d  to as the 
tWNavel Separation Prooesses These are usually seen as 
alternatives to amvenh '-1 pmcsses. Example of sud~ navel 

include the *ane porocesses (like the 
Ultrafiltration (UF), El- * ysis (ED), -verse Osnosis (m), 
&.), adsorption, ion exchange and gas or liquid chraaatography. 

For a particular separation problem, it is technically 
possible to achieve a desired separation by more than ane method 
of Separation. aKn a need arises for evaluation of the relative 
cmptitiveness of s a ~  of the available separation methds. 
There may be several factors that could be used as basis for 
achieving this, but the processing cost is usually the most 

i q o r t m t  factor. It is therefore the objective of this paper to 
present a review of selected papers (most of w h i c h  are recent) on 
the cost carparisom of same of the navel separation poceses 
with conventional separation pmceses for solving particular 
separation problems. This paper is not intended to review 
literature an costs of separation prooesses per say. But the aim 
is to identify and review relevant practical examples in the 
literature (where aut.hcz(s) solved a particular separation 
problem using two or more separaticn methods) to illustrate the 
relative aqetitiveness of sane separation processes on cost 
basis. By so doing, the reader will be made aware of the ecmanic 

viability of w i n g  separation ~pocesses. F i r s t ,  a mrd on 
cost estimation and cost acanparison of pnxeses. 
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COST COMPARISONS OF SEPARATION PROCESSES 11 7 

lb be able to predict whether capital shaild be hvested in 
a particular project, the design engineer nust carry out a Cost 
estimation of the plant or process. ?here are different types of 
costs h l v e d  in the manufacturing ~>rocess. The total annual 
cost of the pmoess usually include the depreciated total capital 
hedment which consists of "fixed capital in;vestment for the 

ghysical equipmts and facilities i n  the plant plus the working 
capitdl which nust be lMde available to pay salaries, keep raw 
materials and pmducts on hand, and handle ot&r special i t e m s  
requiring direct cost cutlapt2; and the cpmtig cogts whid 
a m s i s t  w i n l y  of ttK ODSt of heat-, cooling, and utilities 
(e.g. supply of steam, water, power, aqxssed air ard fuel, 
wastedisposal, firepiratectionetc.). 

there are many fac1xrs3-7 on which the amprisons 
of separatim may be based, pmcessing oost is the Mlst 

hqarhnt of then al l  in amsidering the viability of any 
apWration pmoess. A particular separation m y  be devable 
technically but unecolranical to c ~ y  out. In such a case, the 
final decision is made having examined the cost caqarh of the 

w i t h  the ather captitive alternati-. -ore, 
pmcessw cust is usually amsidered as the final arbiter on any 
amflict over whi& methcd of separation is to he used. cost 
carparisars a~xrg varims pmceses are always anplex and 

p~aso~~s. First, dirferent UJ& factors are usually oonsiclemd by 
different authors in  oosting a particular process. Scud, the 
basis for most cala&ticms are rarely given. 'Ihird, the 
different methods of ac!mmbq - forde&nciation, o o s t ~ c e s  

tbat are used, type of e estimate mMde and theyear toaich 
the aost is applied often clad the situation. All the same, the 

usually application aepwaent. T h i s  ccnplexity is due to sane 
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118 MOMOH 

cost ocmparison approach can be most useful in deciding which 

is cost effective if the essential parmneters are taken 

into account in estimating the cost of the processes. 

W follawing sections attenpt to reviw scane plblished 
articles relating to the cust canparisom of capeting separation 
pmcesses. Sane of these articles deal with canparison on the 
basis of energy oost or utility cost alone while the majority 
haw been on the basis of the tatal annual processing cost (i.e 
the sum of capital and operating costs). 'Ihe published articles 
reviewed are categorized into applications in liquid hydrocarbon 
processing, gas pmcesshy, solid de-watering, carbon dioxide 
enham& oil recovery (q-m), and air separation. 

~ p € ! t r O l € ! U l l l a n d t h e ~  'cal industr ies produce great 
varieties of hydrocarbon mixtures which may require further 
separation for specific uses. The mixtures can be used as 
solvents and as r a w  materials for ather chemical industries. !he 
separation of these mixtures into relatively pure product form 
may be easy or difficult depenainS to a large extent on the 
relative volatilities of the mixture under consideration. The 
canrentiondl of separation had been distillation, 
absorption, liquid-liquid extraction,etc. Today, new methods of 
separation are being considered which may have the advantages of 
lower cost and pity of pmducts. 

-ti et a18 gave an waisal of the 'on Scale Gas 
QlmMtography (PSGC) dev8=lcpd by the Societe Nathle Elf 

Aquitane and Societe Recemhs Techniques et Industrielle for 
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COST COMPARISONS OF SEPARATION PROCESSES 119 

TABLE I 

CostcxmJar iscxlofthesemr atim of 2/3 B I X X I D W ~ ~ ~ ~ ~ ~  Mixture 

~ ~ ~~~~ 

Feed, % B . p t ° C  product 

69.5 150 99.1 
30.5 158 99.5 

Puritv. % 
2bnmothl  'aphene 
3knxnoml '@== 

Efficiency 

?heoretical plates 
Reflux ratio 

Distillation 
50 350 
15.4 - 

Distillation PSGC 
71 - 

599 - 
231 
122 
82 

- - - 
670kcal 435kcal 

the separation of 2/3 bramtlu '@== mixture . With a feed 
of 69.5 percent of 2-brQnothiophene and 30.5 percent 

of 3-hmmthl 'OlJheneI - energy requirement per kg of purified 
pmduct is 670-1 for a mnVentiaM1 vacuum distillation process 
and 435kcal fm the 'pg~c process (Table I). 'RLis show that less 
energy is requhed in psoc than in the distillation process. 
Besides the eooaranic of the psGc method, products in 
the PSGC lmthod are rarely subjected to thermal degradation due 
to the law residence time associated with gas chrumtxgmphy. 

Mmea\Fer, faster results in inneased pmhctivity and 
eliminates the need for large inverrtar ies of expemiw materials. 
?he gain in residence time is hcklwer accQlpanied by the need for 
a lllllch k m p -  mmber of plates. 
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120 MOMOH 

' Ihis is a close boiling mixture that e y  requires a high 
boiling rate. Can we still expect this high peroentage energy 
s a v m  if non-c'lose boiling mixtures are involved? 'Ibis is not 
likely. For a mixture with a relative volatiliw of 1.20 and 
above, the odnary  distillation method will be preferred. It is 
very unlikely too that a high percentage energy savings will be 
gained if a higher feed rate is required. 'Ihe energy contributed 
by the hydrogen ampressor may be hi& theseby reducing the 
energy saving propmtion in the use of the psGc methcd. 

-9 investigated ways of replacing a conventional 
distillation column sepdrating dimethylfdde (DMF) from 
aquaus solution by alternative methods of extraction, freeze 
crystallization, vapor recampression, and multiple-effect 
distillation, each of w h i t 3  hopefully results in a saving of 
enfiqy. Ihe basis was a lO,OOOkg/hr feed of 12.5 w t  % DMF, and 
the purity of 0.1 w t  % water in the recwerd CMF 

TABLE IJ 
ison of Alternative - tion Processes- 9 Eoommic- 

Extraction Freeze Vapor Wtiple 
crystal- Reamp- effect 
ization res sion 'stillation. 

N e t  savings, M S/year 120 75 180 88 
Net m ~ l e y  required, MS 3200 1600 2000 1400 

money, % 3.8 4.7 9.8 6.3 

=money* % 16.6 18.1 32.1 25.0 

Net return on new 

Imrestor'SreturnOn 

- 
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COST COMPARISONS OF SEPARATION PROCESSES 121 

Table 111 canpares the net dollar savings of enervy 
(thaLsand of dollar) for each alternative to the mventional 
distillation. On the basis of the hestor  Is return (IR) (i.e. 
cash flaw calculations) on the new money, only the vapor 
recarpression process gives an Ix w h i c h  loaks pranising. mere 
are cases in ather processes, hc%evfx, when sane of these 
alternatives are justifiable on the ordinary net return his and 
are being used. F a  exaqle, we use liquid-liquid extraction in 
pref- to distillation in reoovery process containing 

inorganic chloride that are extrenely corrosive. me law 
b p r a t u r e  exkaetion process permits the use of less exotic and 
hence nu& less w i v e  materials of oonstsuction in the 
r-Jv=-Y area. 

TIE aplproach of the calculations requires assurptions on 
escalath costs of energy sarces arid probable life of the 
project. The calculations include such item as mintemme, 
depreciation, and solvent losses as well as energy. A =-year 

life project and a 7% annual herease in ~ e r g y  were used to 
detennine the IR figures. However, the author cmcluded that Ithe 

greatest enerqy reduction in the imnediate future COuLd be 
accarplished by aperating the existing distillatim systems mre 
efficiently'l. W can he N l y  realized when energy intqratim 
of distillation into the total process is amsidered; that is by 
designing the process so that more of the heat rejected in one 
part of thepaxzss is used in another part of thepapoess. 

Nulllo in 1980 &kited energy requirements of various 
separation pmcesss based on the mrk value of the energy flow 
and pmamted criteria that will guide the process engineer in 
chooeing the most energy efficient prooess. Rre processe~ 
m i -  distillation, extraction, cqstallization, EED, 
adsarption and ion-exchange. Based on sane ass\mptions and 
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122 MOMOH 

sinplifications, the author developed equivalent work loss 
apressians for each of the l~rocesses considered. 'Ihe expressions 
obtained for the conventional distillation process was campared 
w i t h t h o s e o f o t h e r ~ . ' I h i s w a s d o n e s o a s t o d e t e r m i n e  
the relevant analytical criteria that umld mike any of the 

prooesses mre energy-efficient than the conventional 
distillation process. In the derivation of the mqressians, Null 
noted that the tnle measure of the energy econany of any process 
is the quality of fuel that RIlst be bsned to supply the required 
enerqy input to the process. T h e  work, W, available frcm a heat 
source, q, at absolute temp#rature T w i t h  smramhg ' at  To is 
si- by 

When T < To; W beames negative, inplying that work must be 
supplied to remove heat. Distillation in its sinplex form, 
receives heat at the bottan (reboiler) and rejects heat at the 
tap (condenser). The quantities of heat (energy) flming are 
Usually apprdmately e!qual as:- 

For the case of distillation column heated by steam and 
cooled by cooling water (this is the usual case) 

where Wq is the equiMlent work loss for the distillation 

Similarly, he shaml that for an exhraction process, 
equiMlerrt m k  becxmes:- 
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COST COMPARISONS OF SEPARATION PROCESSES 123 

Inarderfortheextmctl 'on process to be more attractive 
than the distillation prrwmss fran an energy point of view, Null 
suggested that WW calculated by equation 4 mast be less than WW 
calculated by equation 3. This criterion leads to 

Thus equation (6) inplies that When all reboiler tenperatures 
are equdl and the extraction solvent is romrolatile, extraction 
is m meqy efficient than distillation w h m  the distillation 
reflux ratio exceeds the ratio of bottan product to overhead 
~ . " l O  

If the solvent is less volatile than the -, k u t  that a 
reflux ratio RE Will be required for the extract separation and 
RE for the raffhte, the equivalent work loss is given by 

m t i m  ( 7 )  ruln#rrul w i t h  equation (3) leads to the criteria 
that extrach 'on is more energy efficient when 
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124 MOMOH 

Similarly, melt crystallization will be considered mare 
attractive than distillation fran energy pint of view when 

(10) - % > (% -b 1) (hHF/A%) - 1 

As for adsorption and ion exchange, they bmld be preferred to 
distillation on energy graud only if 

'Ibis equation (11) is for the temperature swing gas adsorption 
process. The author's graphical presentation shms that 
adsorption is favored mainly for the small quantities of the less 
volatile canponent (distillation botlxan product) and for very 
diff iailt distillation operations. 

For Reverse Osnosis (RO) process, the work required is 
pressure, P, acbss the mmbrane multiplied by the volumetric 
flaw rate. If pmp mecharu 'cal efficiencies are neglected, the net 
~ e r g y  requFred is given 

Qmparirq PO at 25% ard 34451rpa (500 psi) excess of 
piressure with single-stage waporator using 149% steam, &e get 

A graFhiCa1 representation was presented for each of the 
above cases. (kl the basis of the criteria develcped, distillation 
r e p l a m  will be difficult to justify in a situation where the 
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COST COMPARISONS OF SEPARATION PROCESSES 12 5 

heat can be supplied lq low-pressme steam, and refrigeration is 
not required to amdense the overhed. T h i s  is the - 
distillation operation case faund in practice. "he author well 
noted that the equivalent work loss concept does not apply to 
plants in which stemn is genel-ated smely for heating prposes. 
Hawwer, such plants are inherenu y wastehil of energy.It can 
also be observled that even with the asslmptions and 
sinplificatiorrs made, mst of the analyses are far fmn being 
sinple. &brewer, energy while a very significant fa-, is only 
ane h t  a major cmpomnt of the total annual precessing Oost of 
a separation process. ?he author did realize this too. Capital 
and capital-related apenses which often im=sease as energy costs 
-llliiYplay an impartant role in an eamanic assessnent of 
the processes. The Consideration of capital cost factor 
(especially for the difficult separations) in addition to the 
emqy criteria prqosed here may anpletely offset scme of the 
oonclusions arrived at as to the preferred use of one separation 
process to another. kkwever, the praper use of the equations and 
the criteria presented can lead to an initial Screening of 
possible alternatives so as to be able to eliminate those which 

are obviausly wasteful of ~ e r g y  fmn further amsideration. 

~ander et all1 m q x r e c ~  the utility oorwnrptian for the 
dehydration of ethanol of 94 w t  % to 99.8 w t  % by entrainer 
distillation and by pervaporation. The -tor system 
oonsisted of three UPGI pemaporator units arranged in series 
with respect to the feed flaw. Each unit carprised three 

penmparation stages whi& are oornected on the penneate side to 
theintegrated-byan* 1 CQlleCtor. The feed 
entered the first penmparatian stage at a preheated tenperature 

of 100 OC. TIE C Q G ~  -isom are sunmarinxi in Table 111 
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126 MOMOH 

ion and oost for Dehvdr ation of Ethanol of 94 w t  Utility Cmsunmt 
% t o 9  9.8 w t  % )Jv E h t r a k  D istillation and Pcxvaw ration. JJ= 

utilities mltrainer pervaporation 
Distillation 

~ 

I 2  Steam 50cM/tD t 1.0-1.5 0.125 
DM 50-75 6.25 

Cooling Water, m3 75 20 
0.10m/m2 DM 7.50 2.00 

Electric power, m 15 38 
0.15IN/k~h DM 2.25 5.70 

Errtrainer, 1.50cM/1 1 1.6-3.0 - 
-1- DM 2.40-4.50 - 

- 8-16 M€anlxane R e p l a m t ,  - - 
4-2 m. 
-1 Utility cost m/t 62-89 23-30 

W l  0.05-0.07 0.02-0.03 

"here are significantly luwer utility costs for the pervaporation 
process and this amcnprts to 0 n e - M  of those for entrainer 
distillation. & all- for substantial oo6t savings despite 
the claimed higher capital cost of pervaporation. 'Ihe lck~er 
utility cost for the pervaporation process are mainly due to the 
caparative low energy -t since in pervaporation cudy 
the heat of evaporation for the -11 amatnt of separated water 
has to be supplied. Apart fran the utility cost advantage, there 
are few other practical advantages of pervaporation over the 
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COST COMPARISONS OF SEPARATION PROCESSES 12 7 

entrainer distillation. It is easily Itadjustable and highly 
flexible with respect to changing feed amcmtration and varying 

while ensuring a sinple and safe product quality 
cmtroll~; and thereby prcducing a pruduct that is free fran all 
traoes of entmber . €kwevEE, the frequent replacement of 
msrbram in the pemapmation pmcess m y  crucially influence the 
econcmicsoftheplrooess. 

Liquid Medram Fezmation (UP) process sdwmes for the 

Separaticn of toluene f m  n-heptane ccnpared with liquid- 
liquid extraction by Qhn et all2. The IMP schemes considered 

the Light-Solvent S~EIIE? (US), the Haw Sol-t Scheme 

(€IS) and the No-Solvent Sd'mw? (NSS). With product rates of 
23,000 ton/year and 100,000 -/year only the cost of NSS 

appear4 to be of the same magnitude as that of the extraction 
1pocess. The costs of other prwesses w x e  lrruch higher. For 
exanple, for a pruduct rate of 23,000 ton/year (TABLE IV)  , the 
slrmtatalofinvestment and plrification custs (in million 
doll-) 2.5 - 3.5, 7.7, 6.3 and 3.8 m ~ l y  for 
attraction, Lss, HSS and NSS prmxses. (The h v w h e n t  cost 
includes mite and offsite in\restments , while the aperatirq 
costs include utilities, depreciation, and return on i w e s b e n  t* 1 
'Ihe medram replaoement cost is one other critical factor w h i c h  

d d  make the IMP prucess mre unea)dcally viable. It is not 

clear whether the cost of memlaane replacement is built into the 
Costs ShCkJn on the table. Ihe result of the study shauld huwever 
be amsidered not cinly on the basis of the merits of the IMP 
vtxsus solvent extraction for the separation and pnification of 
toluene, but also as an evaluation of ZMp as a navel separation 
tool versus a well established am vent^ 'OM1 pmces!3. 

Nippon ~okanl3 designed a system for solvent vapor recavery 

for gasoline vapor application. 'Ihe system was designed for 
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TABU IV 

MOMOH 

&onanic of IMP schemes for Toluene and Rscovery - 12 

IMP !aElneS 
Solvent Light Heavy No 

Extraction Solvent Solvent Solvent 

Prcduct Rate, 23,000 ton/- 
Tbtal irnrestmen t 
(S * 106) 1.5-2.0 3.8 3.1 1.8 
Purificatim cost 

Total (S * lo6) 2.5-3.5 7.7 6.3 3.8 

Total imrestment 

Purification cost 

(S * 106) 1.0-1.5 3.9 3.2 2.0 

(S * 106) 3 .O-4.0 8.9 7.1 4.3 

(S * 106) 0.6-1.0 2.2 1.7 1.2 
Total (S *106) 3.6-5.0 11.1 8.8 5.5 

Prcduct Rate, 100,000 ton/year 

TABLE V 

Conmrisorts of lrroces ses for Gasoline V a m r  Recovem. 13 

Membrane Ambient Ambient Refrig- chilling Adso- 
Separat-Tenp Temp.anderatxd coden- ption 
ion pdsor- Atm. Pr- Ildsor- sation 

ption essure ption 
adsorp 
tion. 

regime 
vacuum 

performance 00 00 00 000 000 000 
Operability 000 00 00 0 0 0 
Safety 000 000 000 0 00 00 mhd Spaoe 000 00 00 0 a 00 
Construcrtion cust 000 ooo 00 0 0 00 
cperating cust ooo 00 000 0 0 00 
mints 17 14 14 8 9 12 - 
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COST COMPARISONS OF SEPARATION PROCESSES 129 

higher level of vam in the f e d  (15-50 -1. %) and inclUaing a 
reaxmy ool\mn for gasoline recmxy. 'RK noquantitative 
ocnparisan of the options used is presented in Table V. 'Ihe mre 
the circles the better the aption. 

In this section, we review papers dealing w i t h  the natural 
gas processing and hydmgen separation and recxrvery. Sane natural 
gas stseanrs oontain -ities sud~ as carbon3iuxide, moisture 
and hydrogen sulfide that require removal Wior to delivery to a 
pipeline. The most ~ m m ~ l  process far m i n q  'oxide and 
hydrogm sulfide from natural gas is the annine absonrptim. Amine 
plant are large, heavy and need tall stmctum. These limitations 
kite the introdud ion of new tedmoloqy like the xaembme 

separatian Medmnesl' presented a review of sane caaaercial 
applications for gas separation mmbmnes and highlighted some of 
the eaananic advantages and constraints in these applications. 

proaessing. spillman14 in a recent paper titled 11- 'cs of Gas 

Hydrogen can be XeaNemd frora the amronia and refinery 
industries. aLe pnge gas from the .mnversion of hyclroaen fran 
natural gas and nitrogen frcm air to ammonia contains valuable 
hyclrosen that needs to be reccrvered. Hyctrosen is also recovered 

h-cm offgases h-cm existing refinery processes that generate 
hydrogen as a by-. Conventional hydrogen recowry 
pmceses include cryogenic, catalytic and pressure-swing 
adsaption (PSA), oi l  scrubbing etc. Tway, menSrrane prrocesses 
cca;i#te favorably w i t h  sane of these pmceses. 

c;raCe Mtahane field-tested menbmes on a variety 
of gas Stseanrs for both natural gas l~rocessing and hydrooarbon 
recuwry; and presmtd oost anparison data for the typical case 

D
o
w
n
l
o
a
d
e
d
 
A
t
:
 
1
6
:
4
7
 
3
0
 
J
a
n
u
a
r
y
 
2
0
1
1



130 MOMOH 

of a packaged amine plant and a twwstage membrane processing 
plant (the type w a s  not mentianxi). lhe w a l l  capital cost for 
the manbrane process w a s  faund to be about 25% less than the 
amine plant and the operating COGts abaut 60% less. ?his was on a 
basis of 84,900 $/day natural gas amtaining 8% carbndidde.  
The canparry similarly presented installed capital and operating 

co6ts far a 30% DE?~ plant versus a two-&qe meml-Jrane facility. 
capital cost &W&ages of the mmbram uver the converh 'OM1 

r ae thodmf&to innease -  * l ly  as the cdrbondidde 

oantent of gas increases; and the operating cost savings increase 
even nmre as the CarbOMlidde oontent in=reases. It thus shaws 

fm this study that the higher the c a r ~ d d e  content the 
more the cust savings. This was illustrated by the work of 
silm and Dethloff21 reviewed belaw. w a n e  are very 
efficient a t  higher amcentrations of carbordid.de and i n  fact 
it was s h a ~ n l 4  that the amamt of mmtrane m actually 
Qcreases after pass- the 15% cdrboxxlidde level. On the other 

hand, it is not likely to have an increase in cost savings i n  the 
use of the membrane process for a higher feed rate of gas. The 
axt of ampression in the mantram precess would have increaSea 
tremdmsly. Moreover, the ecoromics of scale favors amine 
treatment process, s h  processing Oosts decrease rapidly as the 
s ize  of the gas flaw rises21.  

weber and Bawmanl6 pmsentd some econcmic results of 
anp#ring nmhrane pmceses w i t h  a ccxnrentional separation 
process i n  the processing of (i) a gas separation scheme 

(hydrogen reccrvesy Frrocess, - (ii) a graundwater 
remediation system, GRS. For the HDS process, the results given 
for a particular case of law purity (60%) HD5 prrge showed that a 

system can reduce hydrogen remvery cost by as IRtch as 
25% a m p r e d  with & established technology used. The amparison 
wcnlldhavebeenmxeinterest iny i f  a case of higher p i t y  were  
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COST COMPARISONS OF SEPARATION PROCESSES 131 

cansidered. It a d  have been interest hg to kKlw i f  there would 

still be any savings i n  a+ if,  for exanple, abart 99% p i t y  is 

required. 

For the QIS pmcess, in which the objective was to l~emave 
98% of the tatdl qramdwater volatile oarponents (WC) and to 
reduce each VUC CarstitUentS t o  no greater than 50 ppsj, the 

results shewed that the capital oost and the cperating cost of 
the hybrid mmbrane -tor were 2.0 to 2.5 million dollars 
and 600,000 &llars/year respectively, while for the amvmtional 
prrocess of stream strippin3, the Costs were 2.5 million dollar 
and 500,000 &llars/year respectively. (x1 the basis of this 
result, the memtrrane lpoaess is only barely ampetitive w i t h  the 
amentianal process being 202 cheaper on the basis of aperating 
cust. (Ihe treatment capacity was 490 kl/day and the r aw water 

flcwhg into the system was estimated to be in wcess of 45 

kg/day.). But with increased howledge in the design and 

aperation of Ine&mms proceeses in recent years, the result may 
be different. 

~ i r  products17 made a aarpariscm of all  three pmcesas far  
upgrading a catalytic refarmer off- stream containing 7585% 

llydlrasen a t  1.72MPa. Their results are presat& in Table VI 
belaw. The memkane system wis judged to have higher operating 
a& than the psA system; and its capital ax&, hmever, was the 
1- of the three optims. Details on each process were not 

givm howwer, and it is inpossible to  j u k p  pmcess d t i o r r s  
andbasesforoosts. 

~n a similar study, s~hendel et a118 made a carparative cust 

of the use of memkane separation and PSA in the reclaiming of 
hydrogen frnn -tor pump gas. A 210,ooom3/day prge 

72% -. stream was available a t  5.- and 37% c m t a n m g  . .  
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132 MOMOH 

Product Puritv. Reccrver/ and R elative cmer atins. cmital. 
andproductoosts to remove hvdros from a catalvtic 

reformer o f f - a d  - purity Recovery Relative Relative Relative 
% % capital operatirq product 

Cost Cost cost 
cryosenic 97.5 96.0 1.44 1.22 1.06 
Membrane 96.9 89.4 1.00 1.17 1.09 
PSA 99.9 86.0 1.40 1.00 1.00 

The &am operated with a permeate pressure of 1.7MPa. The PSA 
process consisted of vessels pa- w i t h  selective modular sieves 
tha t  adsorb hydrocarbons and other impUrities to produce a 99% 

pure hydrogen product. TWO PSA design alternatives - studied. 
One operates at  3.- w i t h  a desorption pressure of 483kPa to 
feed a 413kPa refinery fuel system. The seaond case aperates a t  
1.72MPa w i t h  a law desorption pressme feeding waste gas to a low 
pressure hmer a t  34.5kPa. The cost and perfa;rmance factors for 
the three pmxsse~ are sununarized in  Table =I. The installed 
capital cc6t for the membrane system is 51.4 and 61.5% of the two 
FSA processes respectively; and the aperatiny costs are 
relatively the same for the three pmxsses. lhe PSA processes 
have the advantage of higher hydrcgm p i t y  which ax ld  inpact 

h-tor econcdcs. There is no significant advantage of one 
PSA process c ~ e r  another in ternrs of Cost. H t ~ w e v ~ r ,  the secord 
PSA is preferred of the two since it leads to  a higher hydrogen 

capacity (in this case the hydrogen recaVerea) is lower for the 
PSA pmxsses of 99.5% hydmgen prity than the membrane pmcess 
of 93% hydmgen purity. Maintaining a high recwesy capacity and 

recavery. It is ohserved that, i n  the overall, the reawery 
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COST COMPARISONS OF SEPARATION PROCESSES 133 

TABLE VII 

Costcamar ison of Membrane and PSA for hvdmtrea tar 
hvdrouenremveryla - 

Menbrae PsANo.1 PSA No.2 

4.10 3.02 4.05 
gas pressure (Fig) 770 60 5 

93 99.5 99.5 
I i y a z p s e n r e c o v e r y ~ )  

oP==tins- ( s m )  
pnity (%I 

Instdlled capital aost (1000$) 630 1225 1025 

Tbtdl aJ6t ( S m )  0.20 0.29 
0.11 0.05 0.09 

0.24 

TABm VIIZ 

~ i s o p l  of Mem]Jranes with pdsorption and c~yogen ic 
processins thvdroaen reccmr~ frun refinerv off Uas@ 

Mem3.nane Adsorption Cryogenic 
process 

_. 80% l20pc 

91 

96 

2.86 
220 
400 
38 

52 
0.91 

73 90 

98 96 

2.24 2.86 
370 390 

60 
64 79 

651 1292 

- 
2.03 2.66 
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134 MOMOH 

a high percentage p i t y  w i l l  attract additional facil i t ies and 

thusirrcseasestheinvlestmerrt cost of the process. A reasoMble 
balance has to  be struck between the percentage purity and the 
reawry capacity i f  cost saving is to be achieved. A similar 
observation can be made for results displayed below in Table 
VIII . 

Nakamura and his co-workers19~20 canpared membranes with 
adsorption and cryogenic methods for hydrogen recovery process. 
Their ocpnparison &wed that the membrane process has between 
50-70% of the capital cost of PSA or cryogenic processes. Table 

VIII displayed the cost-and-perfonnance caparison of a specific 
case of hydrogen recavery fran a refinery off gas us% polymide 
mmbmnes. Beside the cost advantages, polymide membmes have 
the achnbge of high tmperature operation for applications 
r a p i r i n g  such perhmme. Relative ease of operation and 
versatility are addel advantages for the memlpane pmcess. 

spilm and Dethloff21 presented a cost caparison of 
mmhrane and amine separation for natural gas treating where 

carbondicmide and hydrcqen sulfide are to be removed fran the 
mtural gas. The Table IX below provides a IJrreakdaWn of DFA mnine 
and memtrrane costs for a flaw rate of ~ , ~ ~ o , o o o  m3 of gas per day 

a t  5.00 MPa. As obsemed fran the table 

(i) l&mhane prooessir~~ showed d c  advanbge over the 
DEAaminesystemaverawiderangeof feedgas 
ccmpositions. 

(ii) Menbane pmceses were  particularly ampetitive a t  
the 1- flaw rates (because of their moaularity) 
or for high carbon dioxide concentrations. 
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COST COMPARISONS OF SEPARATION PROCESSES 135 

of Feed: 5% 10% 15% 20% 30% 40% 

Amine 
capital (milliays of $) 3.35 

(milliorrs of $/yr) 1.22 
IoSs product ( ) 0.02 
capital charge ( " ) 0.91 
procesShg aoSt ($/MXF f&)O.l7 

capital milliolls of $) 1.86 
Experms millions of $/yr) 0.53 
Iast Prooluct ( " ) 0.43 
C a p h t l  charge (I1 ) 0.51 
Procegshg aoSt ($/NSCF F&)O.ll 

mmbrane (mltistage process) 

4.54 
1.81 
0.04 
1.23 
0.24 

3.33 
0.85 
0.69 
0.90 
0.19 

5.45 
2.33 
0.07 
1.48 
0.30 

3.87 
0.97 
0.93 
1.05 
0.23 

6.21 
2.82 
0.09 
1.68 
0.36 

3.69 
1.00 
1.24 
1.00 
0.25 

7.50 
3.73 
0.14 
2.03 
0.46 

3.37 
0.98 
1.54 
0.91 
0.27 

8.56 
4.58 
0.19 
2.32 
0.55 

3.32 
0.96 
1.49 
0.90 
0.26 

(i i i)-  capital aasts were cbemxi for a w i d e  range of 
ocapositim. 

(iv) processing shewed admnkp in all key 
catecpries except lost prcduct value. 

Ihe authans explain& that the lost  product value results fran 
the loss of into the permeate due to inmqlete 
mmbrane separatim; but this can be minimized thnxgh proper 
process design. 

et a122 the resulb of eamanic studies on 
the Higee aentrifugal gas-liqtdd amtactm for (i) selective 

hyrlrosen sulfide removal and (ii) a carbon mleailar sieve in psA 
process being develcpd for nim rawVal. Ihe Higee unit 

packing in an annulus and a aacrsistsofarobxaartsuung 
stationary casing. enters the casing and is forced inward 

* *  

Gas 
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136 MOMOH 

thrmgh the rutating packing where it curies into intimate contact 
with the liquid w h i t 3  enters the 'eye' of the packing anruilw and 
is forced cutward by the centrifugal force. For the eoonaRic 
ccqxirison, t w  case problems of hydrogen sulfide renuval were 

sirmlated and compared with a conventional buhle cap trayed 
towers. The t w o  cases are (i) a conservative case in which the 

relative selectivity for the hydrcgen sulfide remval by &irg 
the carbonlioxide tray efficiency in half; and (ii) an optimistic 
case where the carbondioxide tray efficiency was reduced by an 
addititma1 ten-fold. 'Ihe feed was 1,500,000m3/day of raw gas 
Containing 1.7% hydrogen sulfide and 18% cdrWoxide. T h e  
overall results sumnarized in Tables X and XI show that the Higee 
cases have a saving of 15-37% processing cost OQnpared to 
conventional processing; and these cost savings w e r e  distributed 
as 22% in capital related expnses and 78% in aperating expemes. 
lIhe aperating saving mainly resulted fran a demease in importea 
steam and electricity m&tmmts due to 1- circulation rates 
achieved by the more selective Higee unit. The results suggest 
that the Higee process CCIuld capete favorably with established 
technology. 

For the nitrogen removal process, three methods were 

evaluated; the csyogenic distillation, an advan=ed PSA process 
using carbon molecular sieve (as), and a selective membrane 

process. Trace concentration of water vapor and carbondioxide 
were initially removed in a molecular sieve adsorption bed, the 
purified gas cooled before an expansion cooling in the 
distillation oolumn. The product stream was finally a p r e s e d  
fran 1.m to 7 . m .  The PSA parwess made use of the CMS which 
has a higher selectivity tawards adsorbing oxygen, nitrogen and 
carboxlid& than hyrlrpcarbolls. By adsorbing the hydrocarbon 

thraugfi, nitrogen can be rejected fran the natural gas. III the 
gases on the UG 2urd allowing the nitrogen and oxygen to pass 
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COST COMPARISONS OF SEPARATION PROCESSES 137 

TABLeX 

mimated costs of selective I-mraTm sulfide Removal 
dsulhnReawesv,  

-~~~~~~ 

($1000 US., Mid-1987) 

Total plant fmrestmwt 
Variable  Gprating & - -, 

F i r s t  Year --- - Inported Electricity - catalysts c Qlemicals - cperating Labar.,* 
N e t O p f Z a ~ o o s t s  

~ 

ic 
Canventional 

!mrer lve ChYt 
13 077 12,219 10,933 

518 336 172 
392 387 280 
21 17 9 

(84) (1241 (185) 
847 616 276 

1 , 5 0 O , O ~ / d a y ,  Cost of 6 5 p i  ~ 2 . 4 4 / 1 0 0 0 m S l  electrical 
pacJr?r = 5.24&/kWh, sulArr credi t  = $ l O O / l q  ton, labor rate = 
$10.3O/hr, total mainteMnoe oost = 3%, Indirect oost/direct cost 

TABLE XI 

proce~~ inu  costs for Selective Iivdro~ M Sulfide 
Ranr;Nal and sulfur Reooverv. 

~ 

(&/w Btu, U. S. Mid-1987) QmrentiaMl 

Lmelized Net cperating 008t8 7.1 5.3 2.8 
Ievelized workilq capilxl - 0.4 - 0.4 L 4  
Levelized oorrstant dollar 15.3 13.0 9.7 

asee 
cmsemative ontimistic 

Capital Related Qsts 7.8 7.3 6.5 

co&-Df-Gas--ing 
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TABLE XI1 

&&= atural 

MOMOH 

Membrane (Selectivity) 
1c PSA 10 20 35 

-1 Facility cmnstm&im - (W 14.3 14.7 28.9 16.7 11.2 
-1 operating 

(SM) (167.2) (149.5) 210.3 (105.8) (248. ) 

300.00Od/aaV prodll ct uas. 1987 dollars 

TABLE X I 1 1  

processha Costs for N i t r o c e n  Removal frtan Natural Gas 

Mem?xane (Selectivity) 
W O U d C  PSA 10 20 35 

capital Related 006t 1.12 1.16 2.28 1.32 0.89 
cperating t MainteMnoe (0.05) (0.05) 0.07 (0.03) (0.08) 
mGaS 0.09 0.11 0.07 0.07 0.07 
processilycost 1.16 1.22 2.42 1.36 0.88 

membrane nitrogen remval system, a tw-sbge membram with one- 

stage recycle was  used. The econunic amprison of the different 
methods is sunmnarizd in Tables X I  and ~111. 'Ihe capital costs 
for the psA were 3% higher than the cqogenic plant cast, whereas 

medxane can only be rrllpetitive at  selectivity greater than 20. 

'Ihe high Oost of PSA a u l d  result. fran the Utilization of the 
wide pore process w h i c h  requires more adsorbent and more pwer to 
pmducethanthenarrowporeprccess. Forthemmbranewitha 

selectivity of 10, the higher capital cost led to maintmance 
custs that the electrical credit and resulted in a 
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COST COMPARISONS OF SEPARATION PROCESSES 139 

negative cash flcw for this system. In Table XtII, it is observed 
that t b  casts for last gas were a direct reflectim of the 
therwl efficiency of each pmmss. !&e rasults arggest that PSA 
may offer an attractive alternative to cryogenic operation in 
smaller capacity @plications; hamm the -1 for further 
inpnwRment to  Psi4 method is pmnising. 

'Ihree different plroaesses f a  the separation of hy3mgen gas 
fran different feedstocks - studied by Meindersma 

csyogenic distillation ( p q e  gas fram arrmonia 
synthesis), psA (h@mgen rich gas stream fran naphtha cracker) 
and a mmbrane permeatian (pqe  gas from anmania synthesis). 
Each of these pmceses is fully described in the paper. The 
gEoest3 route for the cxyqenic rea7veq awrsists of pretreatment 
and a separation in  the d l e d  aold box. The PSA ut i l izes  
zeolite to  SeleCtiWy ds0I.b the required gas. In the llmkzme 
unit the prgd gas was delivered to the menbol?yle a t  a pressme 

of 130 to  140 bar. Table Mv wnaaarizes the plrwess arditions 

for the feed and the pppdUCts abtsined, while Table XV showed the 
anparisar of psA an3 nenl38eane penmation for the hydrogen 
prrificatim. 'Be admbges of the cryogenic pmcess is the 
d t i a n a l  possibility of produzing high purity argan and 

nim. A b that the plnity is 
relatively law (89-922). Ihe main advarrtage of the PSA is the 
- a x . y h i g h p l r i t y o f t h e ~ p z u d w t g a s ,  buttheinertsand 
a cmsiderable am#art of hydmgen a m  desc&ed a t  lcrw plressure. 

m a mdxane unit it is possible to pmdwe gas w i t h  a 
p n i t y o f 9 8 t o 9 9 % a n d w i t h - i ~ ~ ~ f r e r m 6 4 t o 9 5 . % .  
~rcaa mble xv it is cherved that the best *ice far hydrqen 
prnificatim is permeation with a -im of 
5obar and a p r i t y  of 98%. 'Ihe calculated aosts included 
the aogt of pmaqmssim ani pmdwt axtpzssion. In wprmary, 
it can he cuxzludsd from the s b d y  that uyugenic recwery is 

23. 
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Process conditions of hydxxy en.seK)ar ation 

MOMOH 

cryosenic 

Feed, Pb3/hr 20000 
H2, mole % 59 
-, bar 76 
win iner t  
h-aduct, Elm /hr 12000 
H2, mole % 89-92 
-, bar 70 
Temperature,Oc 33 

gas N2 

H2 m, b 90-94 

PSA 

1100 
90 
13 

500 
99.9995 
12.5 
25 

50 

a 4  

Mdxanes 
1983 1988 
8600 7290 

140 136 
61.3 62.3 

N2 
2290 1900 2120 

90 84.6 91.7 90.0 
69 26.5 69 25.8 
38 38 32 33 

93 80 

N2 
3320 

more suitable for capacities above 8000m3/hr feed gas. &law 
this opacity value memtmne permeatian is likely mxe suitable. 
For a very high purity hydrogen gas, PSA is far more the best. 
Hawwer, with the nitrogen present in l q e  amcunts PSA is 
usually not ecommiCally feasible for hydrogen separation. High 
purity gas can also be produced by means of n-emtxanes if the 
hydmgen comentxation in the feed is relatively high, or if the 
recwery is laklered. lhus hybrid system will probably play a role 
in hydrugen separation pxesses in future as this &se to 
canbine a higher hydrogen purity with lower overall costs. 

-gas- * ted with carbandioxide (appmximately 
50%) is usually generated by biogas of sewage treatnent plants 
and landfills. The gas can be w a d e d  to natural gas quality 
with product p r i t y  of up to 99 volm percent of methane. In 
this application, membrane process ampetes with water serukhing, 

amine treatment and PSA methods. FbUtenbdl and Elmemam24 
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reporkd the produddon of natural gas fran landfill by a 
memhare pocess. T h e  specific operation was the enrichment of 
methane on a landfill site to abcut 90-96 volune percentage. 
~ t e r  discussions on material transport in gas permation and 
mathematical modelling of the gas permeation process, the authors 

pmsmted a OcmpariSOn graph of a specific product cust between 
gas penneation and alternative processes of water absorption, HEA 
absorption and an adsorption process. Althaqh m details are 
given of other pmcsses, it is obisen& fran the graph that the 
memfnane co6t are the lowest of the alternatives for the wide 
range of flaw rates considered. 

3.3 Solid De-waterina Processes 

These are processes hiving the remwal of a fluid f m  a 
solid-fluid mixture thus cuncentratirg the mixture . lhe 
conventional methads of carrying aut this include the methods of 
evaporation, freeze crystallization,etc. Newer methods of 
separation include m, Ultrafiltration and ion exchange. These 
newer methods have the advantage of law residence time, product 
pity and law #)6t of operation. 

~agner25 carried cut an analysis in which XI was used as an 
alternative process to evaporation in the processbq of effluents 
frun a Norwegian paper mill. me analysis was based on cost 
caparison. OII having some problems w i t h  their evaporation 
method, the ccnpwry decided to install hyperfiltration plant 
working at an average pressme of 4 . m  and a tenperatme of 
3Ooc.  he solids in the feed are 6% an average and in the 
concentrate are 12%. The water removal capacity was abmt 7500 

litres/hclur. 'Xhe savings in oil of 11Oot/yr over the 'OM1 
process of evaporation was 56,000 pavld sterling/yr. 
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A Qraphical oarparh of aperating and C&bl Of 
RD,freeze cirysbllization and evaporation pmC=SeS far the 
desalhtim of water lms prodwed by porter et 61269 Ihe result 
(obtsined using cost data frcln the literature) showed that 
membmne pmosses are most attractive at d l  Ink 
ewnania of scale favor the use of evaporation a t  large -. crystallization was carsidered to probably be 
the least attractive. FwUmmre, it was oberved that mdxane 
processes are attractive up to  a water of abazt 100 
torrs/day, and if suitable membmms were develop& it may be that 
nmnbram pnw~sses (E1D and Ultrafiltratim) w i l l  be used to 
rewove wate~ in large applications of biotechnology, a t  least as 
an initial step. 

-is  am^ -197 a~rrpared UF w i t h  vacuum filtration (VF) 

and spray drier(s0) for the pmceses of kaolin de-wateriq, 

fennentation broth clarification, apple juice clarification and 
egg white. Ihe kaolin clay de-waterM co6t for UF and SD were 
be~ed cm the filtratian surfam area required in of 
mmtmnes v e m q  4 2 d  filter.   he interndl rate of return 

(IRR) for the ratarjr dnrm vaannn f i l ter  w a s  33% with a payback 
period of 3.5 years. 'Ihe 1- capital CQSt and operating costs 
of the UF system. imxease thi! IRR to 59.2%. For the filtration 
ama of 1 ~ d  of nmntxam against 1 1 3 d  of vacuum f i l ter  area, 
the result that 'the high capital cust for the VF xxduced 
the IRR to 8.5%. Haever, the UF system is extremly attractive 
with IRR of 74.2% . Fan: these cases the major diff- i n  
aperating costs are high rAendca1 and labar requirenents for the 
vacuum filter. TIE high cost ampcslent for the UF system is the 

nmdxane mplacenmt. Ihe -c capa rm ot a UF systw 
usbq diafiltmtim and a -t filter with cake washisg was 
similarly aprsidered. zha capital oogt of tIx? UF was f a a  times 
greabr than that of the precuat filter, butthe qeratirqoosts 
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fl iltration 
Techniaue for ~ u i a  Clarificatid 

Basis: 70.000 aal/ 20hr dav: 150 davs/vear 

ultrafiltration Conventional C l a r  if ication 
pretreatment Pretreatment - $150.00 E w J n =  $600.00 
Membram &placemat 207.00 Dhtanacecrus earul 700.00 
Cleaning ctl€micals 16.00 Filter Pada 160.00 
Ma- l2.00 Main- 25.00 
R2We.r (3-1 32.00 (75hp) 75.00 
Labor 50.00 Labor 600.00 

$467.00 $2,160.00 
$70,000.00 $324,000.00 

-l/hY 
-1/Year 
Tatal yearly Savings $253,950.00 

were only 44% of the pireooat opera- cc6t. However, it wmld be 
observed that a UF system can significantly crutperfonn preaoat 
filter on slimy fermerrtation broths that produoe poor filtrate 
rates. A juice clarification by Plate and mame presses and UF 
shod& that, using UF wadd lead to a saving of about $8.84/1$ 

based on aperating oosts and with a resultant IRR of 81%. Also, 
the operating costs to amcentrate to 20% tatal solids using UF 
was found to be one-fa;lrth those of a spray drier removing the 
equivalent amcIunt of water. T h i s  differenoe results because of 
energy savings since UF de-watering does not require a phase 
change to raluve the water.  

~lanck Eykansp28 illustrated a amparison of UF with a 
conventional clarification processing techTllque ’ with respect to 
major production Costs for a juice clarification process. A total 
yearly savings of 253,950 dollars in favor of UF was obtained 
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m Distillation 

I CapiQloosts 
sFt= 
FTetreatment 
'1Mal ptrbase price 163,500 

115,500 
48,000 

I1 operatingcosts 
F n e r g y e  38 
water& 60 
Menbramatst 123 
Regeneratian chemicals 14 
Total 255 

111 'pbtal per day 381 
Iv msavingperyear 137,300 

VI 5-yearsaving 686,500 
V paybackperiod 1.2 

207,000 
43,000 
250,000 

862 
32 
14 
14 
910 

1,102 

(Table M). Ihe single unit operation of the ultrafilter 
irrcreaseS juice yield, eliminates dhtcraaoeclus earth filtration, 
and reduces operating oosts when crarpared with the clarification 
pmcess inmoeparaung centrifugatiar and filtration. '&ese were 
the added advantages of UF Ov2.r the comentional process of 
clarification. 

III 1986, ~arekh et a129 ~xlsidered a ast carparison of a 
Reverse oanosis m) process and a amparable s ize  distillation 
pmcess in the pmduction of purified water. Ihe result, 
ammarized in Table XKCI awkRd that the capibl  a& of the 
distillation ~apoess is 52% higher than the l?D -tion. The 
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operating cost data also indicated that the m process W6ts 

$4.70/1,000 litres while the distillation process costs 
$20.9/1,000 litses. On the whole, w) process cc6ts are 
-tely 25% of the distillation COGts. T h i s  is a useful and 
hqprhnt omparison sincemost of the major costs are accumted 
for. 

The carbondioxj.de which is p n p d  into drying oil reservoirs 
to extend the life of an oil field can over t b  win to 
COntarmM ' te the natural gas associated with the well. The pxpcse 
of gas separation is to claim both the natural gas and the 

carbondioxide. h e  claimed carbondioxide can be utilized again. 
'Ihe most com~n method of separation was the amine akorption 

tr€atlmlt pmcess. In recent years mEdxane systems are quite 
useful for this app1icatitm because of their effectiveness at the 

high oarbondioxide amtent.  

!&he separation of carbmlioxj.de fran hydrccarbon stream 

coneesning a large percentage of carbonaioxide using (i) 
extractive distillation axl (ii) distillation with &am was 

methane(0.005), ethane (0.218), carbondl 'oxide (0.475), prapane 
(0.188) ,i-krtane(0.022), n - m  (0.058)~ i-pentzm (0.014), n- 
pentane (0.012) ,he%ane (0.008) and hydmgen sulfide (0.0093). The 
concentrations are in mole percentages. 'Ihe operating presswe is 
41.4 MPa at a temperature of 289K and volume of 0.3 * lo6 $/day. 
The utility amsuptian and the installed capital cast are as 
Shawn in Table XVIII with an assun& life of three years. 

'Ihe pwcens is carpetitive for this particular case with 
a savings of 24% in utility 006t and 37% in capital oost. 'Ihus 
the savings in'bath.aperatirq and capital cast are chimed tobe 

studied by ~ d ~ e n d d O = - - ~ h e  typi-1 case was a mixture of 
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COST COMPARISONS OF SEPARATION PROCESSES 14 7 

- mAer steam Memtrane 'IbtalAnrnral 

Exwactive 
distillation 484 7228 - 1.34 * lo6 
I&dJram (including 
Hyclrosvl sulfide 

and the imbi~led capital COBt 

Brtractive distillatian $5.65 * lo6 

kw lrw -1- cost.$ 

-1 888 3442 98 , 800 1.08 * 106 

DistilaremJxanc $ 4 . U  * 106 

sufficient to pay for the hydmgen sulfide removal at the fmnt 
endofthepa#mse. I t i s t o ~ ~ t h a t l a m h a m s ~ n K l 6 t  
efectivm at hi* amentratias of c a r ~ c x i d e  bemuse 
medxMBs use partial pressme as their driving force. They are 

bwever, uneoonamicdl for high fed rates of the mixture. 'Ihe 

hoEqaer of llmnkam whi& include aqmsors, 
pnps, refrigeraticm and air amled fam rwy be very high for 
high feed rates of the mixhres. lhis w i l l  surely lead to a 
ImduCtim in emqy savings against the artrach '\re distillation 
pmax6s athigher feed rates of themixbure. 
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148 MOMOH 

TABLE XIX 

ccm>arison of amine and membrane ~r0cessi.w for natural uas 
treat- 

DEA xvkmbranes r4dJranel 
DEA Hvw 

%d.ative capital cost 1.0 0.26 0.72 
Relative clperating cost 1.0 1.51 1.14 
Relative net present 
oost at  15% 1.0 0.76 0.89 

2xuZJ.a 

lson for natural aas t rea t i rg l4  

option Description Overall 

1.Single-stagemmbrane 1 
2. Membmne plus DEA 0.44 
3. !lkmhge IIBnkam plus 

ampression 0.85 
4. selexol 0.13 
5. DEA 0.087 
6. Act. MEA 0.068 

ODeratirrCr 
overall overall overall 

1 1 1 
4.6 1.19 5.39 

CaDita l  sE!ce weiaht 

1.43 1.65 1.47 
6.18 1.74 7.79 
6.36 1.96 8.10 
6.25 1.58 7.91 

mthane loss due to the use of mmbrane for kilkremval andDEA 
systpm for final clean-up. Table XX similarly shws the relative 
merits of mmbrams for a specific gas treating application. III 

natural gas processing for offshore platforms in particular, 
w e i g h t  and space savings translab rapidly into mney saved. AS 

abserved frcm the table, the weight and space savings are quite 
significant for the mmbrane operations. 
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COST COMPARISONS OF SEPARATION PROCESSES 149 

DEA 
Amine 

Capital h m s t n m t  
(millians of $) 103.6 
operating - 
($*1O6/yr) 
EIC. Utilities 10.8 
Utilities 24.9 
Pmduct lo6ses 0.1 

($*106/Year) 28.0 
lbbl cost ($ * 106/yr) 68.2 
capital charye 

73.5 65.0 

7.8 6.9 
18.0 15.9 
2.6 0.1 

19.9 17.6 
48.2 40.4 

-/ 
DEA 

47.0 

8.8 
10.7 
0.9 

12.7 
33.1 

A detailed c%se stu@ was perfond by pllrwx, Produch 'on 
Ompa$2 h l v i n g  4,440,000 m3/day, 90% carbcmdidde enhanoed 
oil reoxery strema, at 1.86Mpa p-?. DEA amine, cryogenic, 
ombhdTEA/DAam.ine, andnreaJaane/DEApmxsseswereacllpared 
(Table xrcr). In the analysis, lmnbmm6 here u s d  as "tappirrg" 
p l s c e s s f o r l l u l k r e n r n m l o f ~  'oxide prior to a lpOliShinglo 
plscesswiaa- ' D E & l ] n i t . T h e h ~ g a s p m d u c t  
aid- 'oxide stream have plressure requimmts of 4.39 and 
3.00 Mpa respectively.'lhs analysis mnnarized hveshent aosts 
and operatiq for treating the gas at  seweral stages in 
the pmject. Fbr emnple, the carbordiapride OMtent and flow rate 
incsease owr time from 1.9% carbumb 'ooride/444 , 00om3/day at start 

to 90% - a /4,440,00Qp?/day at  maturity.  he 

- /~apt ionsbawsthemost  f~leeconanics. 

Table XXII aKkJs a similar amlysis oclrparing mmbrane w i t h  

bt. potassium carbcmate and cryogenic sqyration pmcess for a 
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150 MOMOH 

H o t  cryogenic l+lwnbrane/ 
patassium DEA DFA 
carbonate 

21.1 

19.9 
4.0 
45.0 

12.2 
24.0 

- 

11. a 

24.2 16.1 
4.0 4.9 
17.3 18.1 - 4.0 
46.4 43.1 
8.5 6.5 
12.5 11.6 
21.0 18.1 

3,000,000 $/&y, 80% --oxide d3* 'Ihe feed gas was 

available at pressure of 0.17MPa and was aqmssed to 1.72MPa 
for anhe and mmbrane systems and to 3.44Mpa for the hot 
pcrtassium carbonate pmceses. M s  oost of CQlpweSsion acceding 
to spilml4 tends to obsc~re the capital co~ts -its of the 
men3ayle aFprroach. Similarly, schendel et a134 in 1984 showkd the 
cost ccnparison (m in ratios) of a memkane plrocess with 
meml~ane/hat polassium carbo~te and straiglat amim treating of 
3,120,000m3/&y, 40% carbondl ' d d e  stream. Although details of 
their oost calallations were not available, the results are 
preserrted in Table XII. A straight TEA amhe system provided 
the best ecoTlQlLics for this case. The l.aqe volume of gas to be 
pmcesed contributedto the high investmerrt cost of membram for 
this application. ~il-14 obsemed that one of the 
oontrihtirg factor to the high 006t of menbane aperation is the 
fact that a 40% carbordioxide content falls nezrrly on tap of the 
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XXIII 

TEAkaine Rl€!mkane/ rhnbnne 
Hotpatassium aily 
carbonate 

capital mst 1.0 1.0 1.6 
1.0 1.3 1.9 
1.0 1.1 1.7 Evaluatedoost 

w=atiJY- 

a)6t curve for laeaJrane separation. With incmasd )arawledFp of 
design and operation of laeaLggne in the last fewyears, 
the rewilts would probably be diff- i f  carried art KIW. 

Oxygen and N i b w e n  are the primary pmducts of air 
separation. For exzmple, nitrogen pmduction is utilized in inert 
gas b- while the major potmtial market for oxygen is 
that for enhamad oadmstion. R# to lnedram perfca3Emce 
limitatim, raajorie of ~ l i c a t i u m  are for the 
pmdwk.h of nitrogen. l&ukane design for air separation 
generally aaneists aily of a singl- -. Recycle is 
techkally feasible but very expensive. 
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anwnts to a total cost of $0.53/3 m3 of nitrogen to the user. A 

calculated to have a mpressx requirement of 7.05kW and a 

Asslnnirrg a power cost of $O.O7/kWh, the membrane a-ch 
provides nitrogen at a a& of $0.26/3 m3. This represents more 
than 50% saving uver the delivered liquid nitrogen. The cost 
saving for the mnbrane unit wmld increaSe for 1- voltme 
nitragen mquhment and purity. 

menbrane pirocess pmducing the same volume of 99% gas is 

monthly capital and canpiresx~ maintenance charge of $475/mth. 

-enersyreq[uirements , operating costs and capital costs 
ccanpared With PSA and 

IIW memtrrane by dollan and ~leper36- K L ~  the major cost 
anponents were taken into account in this analysis. Ihe spstems 

investigated were the generation of 10 tons/day of 35% 
micbed Air (om) for canbustion air and 3 ton/day of 95% 

N i t r o g e n  Enriched A i r  (NEA) for blanketing applications. As 
observed fran Table )EILIv the capital cost advantage for the A/G 

nmnbrane over PSA is about $26,000 -/year (representing 92% 
capital cost savings); and the operating cost advantage is about 
$15,000 ton/year (representing 51% savings). If higher p i t y  is 
mquired, membrane may not be suitable. Far the NEA, the aost 
amparison inaicatsd in Table )[xv shoked that A/G menbane was 

less expensive (33% less) in t m c s  of the capital cast than the 
PSA. T h e o p e r a t i n g o o s t s f u r t h e A / G m m b r a n e a t r l t h e p s A s y s t e m  
are similar, abaat $35/ton and $37/ton respectively. The m 
system is abart $57/ton. As -lid by the authars, these results 

are qemmlly not true for hi- OOclOentration and parity 
requiranents. In such a case, the PSA system is generally 
preferred to membrane systems on a prely cost basis. It is noted 

for M A/G 'Ikhnology memhnrane SyStem 

IJY spillman14 that atrrent * m  -logy 
~ C d l l y  produce oxygen -tration abave 40-50%. Hi~&er 
oxyge~~ OoIlcentratiOn are possible by reducing the mmbrane area 
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AIG - 
$287,500 
38.11 
85.50 
8.60 
9.91 

33.03 
280.33 
28.03 

105. ia 

PSA 

$552,000 
0.00 

130.50 
8.60 
19.02 
201.95 
63.41 
423.49 
42.35 

ti 
(136 3 

AIG - 
$90,000 
16.01 
35.10 
0.43 
4.30 
3.89 
32.93 
12.96 
105.61 
35.20 
0.13 

PSA 

$lzO,OOO 
0.00 
40.50 
0.43 
4.30 
5.18 
43.90 
17.28 
111.59 
37.20 
0.13 

DaJ 
MarJpane 
$U2,000 

40.24 
38.61 
0.39 
4.30 
4.02 
48.29 
13.41 
149.27 
57.41 
0.21 
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amtact t ime  and by membrane recycle process in which the 
permeat= stream is and passed over a seamd membmne 

unit. Althrugh this is technically feasible su& an approach is 
relatively expensive. 

All the available literature have not been mentioned in this 
review. 'Ihe paper, howemr, oavers sane of the relevant 
publiations an the 006t 0arpetitivenes.s of sane key separation 
pmceses. Most of the axt t x m p a r h  analyzed suggest that 
under certain &omtitions there is an econanic advantage in the 
use of novel separation pmceses ~ v e r  the conventional ones. 
'Ibis assertion may not be generalized for a l l  feed rates, feed 
and product conditiom and axpsitiom, only on the basis of the 

oost cmparisons available'in the literature. Most of the cases 
found in the literature are for specific feed rates, feed and 
product caditiorrs. oost of pmceses are strongly affected by 
the feed and product conlitions and conpasitions For sane of the 
cases, not a l l  the major cost ampnents are taken into accumt 
by the req=ztiw authors; and it is also likely that in  many 
cases the COGts developed are mt of dab. € I t Y m n X ,  the paper 
achieves its objective of widkg an averview of the eccmanic 
viability of s ~ m e  separatiar pmceses in relatiar to others. 

Quantitative -ems can be made fmn the review. 

(1) are particularly good for gas separation 
processiq. They are particularly oarp#titive for lower 
flaw rates tx 1- purity natural gas treatment. feed 
flaw rates resul t  in him prcduct fluws krt lawer purities for 
the 62~me ammt of menhram area. For exanple, (i) membnane 
bxhology has bruught duwn the cast of air separation to levels 
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COST COMPARISONS OF SEPARATION PROCESSES 155 

w b r e  it can be ampetitive in 6ome applications with mite 
delidet3 of cryugedcally prodwed gases; (ii) mmbrams 

utilizatim in the r e m r y  .of hydmgen is now a wide qread in 
the anwmium and refirmy industries ard, to a lcsser axtent i n  
UlepetmdWm 'cal industry. They ceapete favorably with older 
plroaesses of uyqenic, catalytic, pressme swing adsoqkian, 

etc,; (iii) ~ m e a J z a n e p r o a e s s e s c a n b e u s e f u l i n ~  'oxide 
enhamed oil  reawezy paocessing. Ihe objective of the apanratian 
is to claim both the natural gas and the carbondia#ide (far 
reinjection) in an oil  field. !Bey are very cempetiti\re a t  lower 
flar rates or for high CarbOndioDtide oarcentatiars; (iv) 
a m t m h b d  methene generated from the landfill can be free of 

CarbOndiaDcide l?y the use of lnmbram prtxess instaRd of the 

cumlal plr##sses of Wa- scrubbing, amine treatanent, etc,. 

(2) 

a 1- cost of operation and a pmduct that is free fraa 
*ities. 

F-m=atl 'an nethod far ethanol dehydration. It ensures 

(3) use a reverse osaosis method for desalination of water up to 
a wabr thra@p& of abaut 100 tons/day. 

(4) Gas are useful for the 8e!pamtim of 

to 1.10. A b U e  this value, tndimry distillatim CperatiJm my be 
hydrocarfxn dxtures with a relative volatility of less or equal 

ImFe eandcal. 
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established; their feasibility in use, process control, method of 
design and canstruction, etc., are well knuwn. These advantages 
wcUd still omtime to make these attractive. H a e v e r ,  

as the novel or newer pmmsses are being develuped and used 
successfully on more occasions and with the design pmodmes 
nureestablished,theywuuldbecu~~amreinportantamponentof 
the Spectsum of separatkm pmceses to be considered for new 
plants. 

Sane of the materials presented here w x e  collected during 

the author's study leave in gritain at the university of Aston in 
Birmingham while working with prof. K.E. porter of the Deparhnent 
of alemica1 Engineering. 

NOMENCLATURE 

B = d i s t i l l a t i o n  bottom product, Kmol/hr 

D = d i s t i l l a t i o n  overhead product rate,  Kmol/kr 

F =F&hIQml/hr 
A H F =  heat of fusion of the mrponent at the 1 ~ 1 t h ~  end of the 

crystallizer. 
AH,, = latent heat of vaporization of averfiead product 
A b  = latent heat of vaporization of the solvent in extraction 
Nds = a\Ferage rate of adsorption, Kmol/hr 
NB 
NS = molar rate of solvent for extract separation, Kml/hr. 
N; = molar  rate of solvent for raffinate separation, wloi/hr 
P = Pressure, N/n? 
Q = heat Sam32 quantity. 

~p 

'on mola r  rate of buttan product, Kmol/hr 

= the pmer cycle efficiency (relative to a carnot cycle) 
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% 

90 

R =gasoarrStant 

= rate of heat ahsorption at  the bcrttrrm of the distillation 

= rate of heat rejection at  the tap of the distillation 
OOlUmn. 

CQlm. 

= the crystallization reflux ratio 
= externdl distillation reflux ratio. 
= reflux ratio required for the extract separatim. 

= reflux ratio required for the raffinate separation 

% 
RE 
R: 
T =hsatsamxbnperature,K 
To = surraadvlg ' t=e==-,K 

= supply tenperature of the reqenerated gas in the 

=osmotic absolutetmperature, K 
a-a-ption, K 

Ts ~ a b s o l U t e ~ ~ o f t h e S t e a m u s e d t O ~ l ~ t h e ~ t  
to the distillation mlunm. 

apwration step of the extraction. 
T s  = absolute -ture of the heat the -1- 

I 
TSE = heat sclltroe tarperatUre of the raffbb solvent 

separation step. 

solutim. 
+j 

1 SCF = standard cubic feet = 0.03m3 

1 csm = humired standard cubic feet = X? 
1 MSCF = 
1 mscF = million stadanl cubic feet = 3 0 , O O d  

1m =million. 

= mole fractian of the s o l e  in the oolloentrated 

standarrl cubic feet = 30164 

D
o
w
n
l
o
a
d
e
d
 
A
t
:
 
1
6
:
4
7
 
3
0
 
J
a
n
u
a
r
y
 
2
0
1
1



158 MOMOH 

1. K.E. Porter, J.D. Jenkins, The Chemical mineer Supplement, 
U.K., 23, (Sept. 1987) 

2. M.S. Peters, K.D. T m  us, "Plant design and eoonmics for 
Chemical Ehgineers.v@ HSrawHill, N.Y. 3rd ed. (1980). 

3. S.R.M. Ellis, J. -1. QEm. ( Onaon), =,184,(1966) 

4. E.D. Oliver, ltDiffusiortal separation pmcesss: !theory, Design 
and EvaluatiaP, Wiley, New Yak (1966) 

6. E.J. Henley, J.D. Seader, :Bquilihrium Stage Separation 
-tiom in chemical -ineerhylt, Jdvl Wiley, New York (1980). 

7. H.R. Null, in "Handbook of Separation Processes Technology" 
edited by R.W. Rausseau, John Wiley, New York, 982 (1987) 

8. R.G. Eommti, G. QlaPelet-Lebumeu, J.R. ManYilis, a. 
Ry. 87, 70 24 1980) 

9. F.E. Ib;lsh, chaa. m. Prog. 3 ( 8 ) ,  44 (1980) 

10. H.R. Null, dEeHI. m. Prog. 2 ( 8 ) ,  42 (1980) 

D
o
w
n
l
o
a
d
e
d
 
A
t
:
 
1
6
:
4
7
 
3
0
 
J
a
n
u
a
r
y
 
2
0
1
1



COST COMPARISONS OF SEPARATION PROCESSES 159 

12. R.P. Cahn, N.N. Li, tWemhme Separation -1' edited by 
P. Meares, Elsevier Scientific pub., U.K, 327 (1976) 

13. Nippon Kdtan, vapor rec~very w i t h  membrane 
tedmolcyy", Tkichhi-1 Bullettin, N i p  Kakan, 'Ibkyo, Japan, 9 
(1987) 

14. R.W. Spillman, chem. q. Prog. &(1), 41 (1989) 

15. T.E. Oooley, W.L. Dethloff, C t m .  W. rag. a(10), 45 
(1985) 

1 6 .  W.F. Weber, I. Bowman, Cham. Bng. Ptog .  =(11), 23  

(1986)  

17 . S . I .  Wang, D . Y. Nicholas ,  S . P . DiMartino, " S e l e c t i o n  

and Opt imizat ion  of hydrogen p u r i f i c a t i o n  P r O C e s s ~ s " ,  

AIChE Meeting, Denver, CO, Aug. 29 (1983) 

1 8 .  R.L. Schandel, C.L. Mariz, J.Y. Yak, klydroc8rbon Proc, 
U, 58 (Aug. 1983) 

1 9 .  A. N8k.mur8, Y. B O l t 8 ,  Y .  Kus8ki, Nippon R8g8ku Ryokd  

Geppo, p .31  ( O c t .  1987) 

2 0 .  A. Nakamur8, Energy Conserv8tion Meeting by AP%E and 
MITI, Par i s ,  Pr8nce, N8r .  25 (1387) 

2 1 .  R.W. Spillman, W.L. D e t h l o f f ,  Am. O i l  Gas Rep., 

(lo), 36 (Oct. 1988) 

D
o
w
n
l
o
a
d
e
d
 
A
t
:
 
1
6
:
4
7
 
3
0
 
J
a
n
u
a
r
y
 
2
0
1
1



160 MOMOH 

2 2 .  B.S. Meyer, K . E .  Woodcock, S.C. S m l s e r ,  R. Fowler,  

5 .8 .  D ' A m i c o ,  F.M. F l o i d ,  i n  "Gas S e p a r a t i o n  Technology", 

E.F. Vansant and R .  Dewolfe, eds., E l s e v i e r ,  Amterdun, 

631 (1990) 

23 .  G.W. Meinderama, i n  " G a s  S e p a r a t i o n  Technology", E.F. 

Vansant a n d  R .  D e w o l f s ,  eds., E l s e v i e r ,  Amsterdam 623 

( 1 9 9 0 )  

24 .  R. Rautenbach ,  H.E. Ehresmann, i n  "Gas S e p a r a t i o n  

Technologyof, E. F. Vansant and R. Dewolfs , eds . , E l s e v i e r ,  

Amsterdam 457 (1990) 

25 .  J. Wagner, i n  "Al t e rna t ives  t o  D i s t i l l a t i o n " .  I n s t .  

Chem. Eng. Symp. No. 54, 147 (1978) 

2 6 .  K .E .  Por ter ,  S . D .  J e n k i n s ,  i n  "The Chemical Indus t ry" ,  

e d i t e d  by D. Sharp and T.F. W e s t ,  544 (1981) 

27 .  I. B e m b e r i s ,  K. Neely,  Chem. Eng. Prog.  81 (XI), 29 

(1986)  

28 .  R.G. Blanck, W.  Eykamp, AIChE Symp. S e r .  No. 250, &2, 
59 (1986) 

2 9 .  B.S. Parekh ,  F.W. Wilking,  P.L. P a t i s e ,  L.  Roettger, 
AIChE Symp. Ser .  No. 250, a, 9 (1986) 

3 0 .  R.L. Schendel,  Chem. Eng. Prop. ,  Bp ( 5 ) ,  39 (1984) 

31. H.S. P u x g a s o n ,  C.D.  B o u s t o n ,  f l P u r i f i c a t i o n  of  

carbondioxide  c o n t a i n i n g  gas s t r e w  w i t h  membrane," AZChE 

Meeting, Denver, CO, Aug. (1903) 

3 2 .  C .  S . Goddin, "Comparison of p t o c e s s r s  for: t r e a t i n g  
g a s e s  w i t h  h i g h  c a r b o n d i o x i d e  c o n t e n t " ,  G a s  P r o c e s s o r s  

Assoc ia t ion ,  D a l l a s ,  TX, M a r .  (1982) 

D
o
w
n
l
o
a
d
e
d
 
A
t
:
 
1
6
:
4
7
 
3
0
 
J
a
n
u
a
r
y
 
2
0
1
1



COST COMPARISONS OF SEPARATION PROCESSES 161 

3 3 .  K .  Boustany, R . S .  Naraya, C .  J .  Patton, D. J. Stookey, 
" E C O Q O ~ ~ C ~  of removal o f  carbondioxide f r o m  hydrocarbon 
gaa mixtures", Gaa Processors A88OCiatiOQ, S u r  Francisco, 
CA, Mar. (1983) 

3 4 . R. L . Sahndel, J .  D . Seymour, Membrane Technology RLD 

Workshop, Clewon, SC, O c t .  (1984) 

3 5 .  K.S. MeGinn, "Producing a s intaring atmosphere through 
a hollow f i n e  fiber atmoaphete". Presented a t  Metal 
Powder Industries Federation, Orlando, Ez, June 10 (1988) 

3 6 .  A .  Gollan, M . J .  Kleper; AIChE Symp. Ser. No. 250, n, 
35 (1986) 

D
o
w
n
l
o
a
d
e
d
 
A
t
:
 
1
6
:
4
7
 
3
0
 
J
a
n
u
a
r
y
 
2
0
1
1


